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Generic technology for the synthesis and optimization of integrated reaction and sep-
aration systems uses rich superstructure formulations comprising two types of generic
synthesis units with flexible representation modes. A reactor/mass exchanger unit en-
ables a detailed representation of the reaction and mass exchange phenomena. A con-
ceptual representation of separation systems is facilitated through separation task units.
All possible process designs featuring reaction, reactive separation, and separation are
embedded in the superstructure formulations as combinations of generic units and their
features. The design options are explored using stochastic optimization techniques suit-
able for this class of problems. The flexible representation framework enables technology
applications to general process design, as well as design subproblems including reactor
and reactive separator design. Four case studies demonstrate the ability of the method-
ology to address a wide variety of process systems and to deliver design novelty.

Introduction

The development of process synthesis tools has mainly been
confined to isolated sub-systems, which are typically reactor
networks, separation systems, and energy systems. The liter-
ature on synthesis methods for these systems is immensely
rich, so that a review is not attempted here. There are strong
and complex interactions between the individual sub-systems,
in particular between the reaction and the separation sys-
tems. Full exploitation of these interactions is difficult to im-
possible with available synthesis tools developed to address
only the sub-systems. The development of systematic synthe-
sis tools for integrated reaction and separation systems has
received considerably less attention. Again, the developments
have mainly been confined to sub-problems of integrated re-
action and separation problems, such as reactor-separator re-
cycle and specific reactive separation systems.

Reactor-separator-recycle process synthesis approaches in-
clude the work of Kokossis and Floudas (1991). They were
the first to present a general superstructure formulation ac-
counting for CSTRs and PFRs with side streams to exist in
all possible combinations in the reaction section. The prob-
lem was formulated as a MINLP with the existence of reac-
tors and sharp-split separators being discrete decisions. Smith
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and Pantelides (1995) later proposed the use of more de-
tailed process models in the MINLP formulation in conjunc-
tion with process units that do not perform predefined tasks.
Dynamic programming techniques were applied by Fraga
(1996) to a discretized reactor-separator synthesis problem.
The presented formulations for reactor-separator-recycle sys-
tems address problems with only one fluid phase. That is
why they cannot account for reactive separation options.
Mainly graphical techniques have been presented for the
synthesis of reactive separation systems. Such methods aim
at producing feasible design candidates and are available for
reactive distillation, reactive extraction, and reactive crystal-
lization problems (Barbosa and Doherty, 1988; Hauan et al.,
2000a,b; Nisoli et al., 1997; Ng and Samant, 1998; Ng and
Berry, 1997; Okasinski and Doherty, 1998). Although very
useful for illustration purposes and to initialize rigorous sim-
ulations, the methods fail to provide any systematic compari-
son of design options. In contrast to this, Ciric and Gu (1994)
adopt an optimization-based approach. They formulate a re-
active distillation column as a MINLP with the number of
stages and the feed locations being the structural decision
variables. Recently, Cardoso et al. (2000) subjected the same
representation to stochastic optimization in the form of simu-
lated annealing. In the synthesis of reactor networks, Bala-
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krishna and Biegler (1993) and Lakshmanan and Biegler
(1996) accounted for intermediate separation by introducing
a discretized reaction-separation model and a mass inte-
grated reactor network, respectively. Stein et al. (1999) pro-
pose superstructure networks employing two-phase reactor-
condenser elements for vapor-liquid systems formulated as
NLPs, that is, they do not systematically account for discrete
design decisions. The assumption of well-mixed reaction ele-
ments offers only limited representation potential for multi-
phase reacting and reactive separation systems. Even some
conventional multiphase mixing and contacting patterns can-
not be captured by the synthesis elements or their combina-
tions. The same limitation is observed in the approach of Pa-
palexandri and Pistikopoulos (1996), who propose the ex-
haustive connection between postulated units for reaction and
separation formulated as MINLPs. The method has taken up
applications in reactive and reactor/separation system syn-
thesis (Ismail et al., 1999a, 2001), as well as homogeneous
azeotropic distillation design (Ismail et al., 1999b). The ap-
proach requires to cope with large MINLP formulations that
include nonlinearities of the most general type.

This work introduces a general framework for the synthesis
and optimization of processes involving reaction and separa-
tion. The scheme employs rich and inclusive superstructure
formulations of two different types of synthesis units and
stream networks that allow for a conceptual, as well as a rig-
orous, representation of the chemical and physical phenom-
ena encountered in general reaction and separation systems.
Stochastic search techniques are applied to identify perfor-
mance targets and a set of near-optimal flow schemes from
the superstructures that closely achieve the targets. The case
studies demonstrate the ability of the design tool to address a
wide variety of process systems and to obtain novel designs
for these systems. The design candidates provided by the tool
give insights into the problem that are found to enhance the
understanding of the process system, which allows to support
the decision-making in subsequent design efforts.

Design Problem and Synthesis Approach

Potentially beneficial interactions between reaction and
separation are manifold and can result from either separa-
tion within the reaction zones of the process (reactive separa-
tion systems), appropriate combinations of separate reaction
and separation equipment (reactor-separator systems), or
from a combination of the above. The realization of reactive
separation options requires the introduction of mass separat-
ing options into the reaction equipment, and results in addi-
tional phases or states that need to be considered in the pro-
cess synthesis. Common examples are the introduction of
solvents (reactive extraction, reactive absorption), stripping
agents (reactive distillation), solids (reactive crystallization),
or diffusion barriers (membrane reactors). In general reac-
tor-separator systems, a number of separation tasks exist that
enable the generation of intermediates or products of perfor-
mance enhancing nature in the context of a general reacting
system. A general synthesis problem statement for this type
of system is given as follows: Given a set of raw materials, the
reaction path and kinetics, the thermodynamic property data, the
desired product specifications, and a performance measure deter-
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Figure 1. Synthesis strategy.

mine the performance target of the system along with a set of
design options with performances approaching the targets.

This article addresses the automated synthesis of process
configurations that exploit interactions between reaction and
reactive separation such that a specified process performance
measure is optimized. We propose the synthesis strategy il-
lustrated in Figure 1. The available process design informa-
tion for candidate reactive separation and mass exchange op-
erations is incorporated into generic synthesis unit models.
Superstructures of these generic units are then formulated
and the performance targets, as well as a set of design candi-
dates, are obtained subsequently via robust stochastic opti-
mization techniques. The synthesis strategy allows for itera-
tions to incorporate the insight gained during the synthesis
process. Reasons for iterations are the identification of addi-
tional problem constraints, the removal of process units with-
out positive impact on the system performance, or the inclu-
sion of refined process models. Such refinements might re-
sult from the limited validity of the available reaction models
in optimal design regions so that the model trade-offs might
not reflect the real system trade-offs. Refined process mod-
els, valid in the operation regions identified to be of interest,
may introduce additional model nonlinearities or an addi-
tional set of reactions and components. The proposed synthe-
sis technology is required to address such additional model
complexity.

Process Unit Representation

As mentioned above, generic synthesis units are the build-
ing block of the superstructure representations. The pro-
posed methodology utilizes two types of generic units: the
reactor/mass exchanger (RMX) and the separation task (ST)
unit. This section describes the synthesis units, the genera-
tion of the superstructures, and the optimization technology
employed to optimize them.

Generic reactor/mass exchanger unit

The underlying phenomena exploited in chemical process
design are reaction, heat, and mass exchange. They are gen-
erally exploited simultaneously (nonisothermal multiphase
reactors and reactive separators), in combinations (noniso-
thermal homogeneous reactors and mass exchangers), or in
isolation (isothermal reactors and mass exchangers, heat ex-
changers), depending on the particular system under investi-
gation and the location of the operation within the flowsheet.
This work employs the generic RMX unit for a flexible and
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compact synthesis representation of the possibilities for phe-
nomena exploitation in processing equipment. The RMX unit
follows the shadow compartment concept developed for non-
isothermal multiphase reactor network synthesis (Mehta and
Kokossis, 1997, 2000). The unit consists of compartments in
each phase or state present in the system under investigation.
The streams processed in the different compartments of the
generic unit can by definition exchange mass across a physi-
cal boundary, which can either be a phase boundary or a dif-
fusion barrier. Each compartment features a superset of mu-
tually exclusive mixing patterns through which a compact
representation of all possible contacting and mixing pattern
combinations between streams of different phases can be re-
alized.

The RMX unit is illustrated in Figure 2 for a system fea-
turing two phases or states. Each compartment receives inlet
streams within its state and corresponds with the compart-
ments in the other states via diffusional mass exchange links
across the state boundaries. The effluents from the compart-
ments either leave the unit or are recycled within the RMX
unit. Recycles can be present within a given state or across
the state boundaries if technically possible, such as by reboil-
ing, condensing, throttling, or compression. Throughout this
work, all states that can receive streams from a reference state
are termed attainable states to the reference state. Mutually
exclusive mixing options considered for the compartments in-

clude well-mixed and segregated flow. In order to avoid a
mathematical model with both differential and algebraic
equations, segregated flow behavior is approximated with a
serial arrangement of well-mixed units of equal volume with
the resulting cell model consisting of only algebraic equa-
tions. The mixing representation inside a compartment is
shown in Figure 2. In each compartment, all inlet streams
are connected to all mixers prior to the sub-units. Each sub-
unit effluent stream is split and connected to the subsequent
sub-unit, as well as the final product mixer of the compart-
ment. The recycle streams from the final product splitter dis-
tribute among all well-mixed units employed in the compart-
ments of the attainable states.

Let S ={sy, $,, ...,5,,}, n € I be the set of fluid phase states
of the system and CP* ={cp,, ¢p,, ...,cp,}, n € N be the set
of components that are present in state s of the RMX unit
rm under consideration. Each compartment in a given state
features a set of inlet streams F*={f,, f,, ..., f,}, n€ N,
and a set of well-mixed sub-units SK* ={sk,, sk,, ..,sk,}, n
€ N. Inlet stream candidates include raw material streams
and effluents of other units embedded in the superstructure
as described in the next section. Set S) ={s;, 5,, ...,s,}, S/ €
S, contains the attainable states to s (note that this set in-
cludes state s itself). Let variables FF, ., and OUTR,,,, .,
denote the flow rates of component c¢p in feed f and the
product of the compartment in phase s, respectively.

RMX compartment in phase s
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Figure 2. Reactor/mass exchanger unit.
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OUTSK; ,,, sk.cp represents the flow rate of component cp in
phase s at the outlet of each sub-unit sk, whereas
INR; ,,, sk.c, denotes the flow rate of component cp entering
the sub-unit. FSF, ;. denotes the fractions of the feed flow
rates FF, ; ., entering the sub-unit s. SKP, ,, ., €[0,1] repre-
sents the fraction of OUTSK,,, i ., entering the compart-
ment product. The product recycle fraction in state s to sub-
units sk in phase s* € S is denoted by SRR .y .ok~ The
mass-transfer rate of component ¢p from sub-unit sk in phase
s* to the corresponding sub-unit in phase s € S\{s*} is de-
noted MTR i« g sk cpr RXR; 1 pm o 18 the specific reaction
rate of reaction rx in the reactive phase s, and v, ., is the
stoichiometric coefficient for component c¢p in reaction rx €
RX. Additionally, V, ,,, is the volume of the RMX unit and
€ rm.sx 18 the holdup of state s in sub-unit sk. The following
material balances describe the RMX compartments (|.X| de-
notes card X):

(a) Balances for each mixer prior to the sub-units
Y. FF,;.,FSF, ; + PREV,
feF

+ ). OUTR

stesT

SRR — INR,

s,rm,sk,cp =

,rm,cp ,s,rm,rm ,sk 0

V(skeSK,seS,cpeCP) (1)

where PREV,_,=0 and PREV csx , \)=
OUTSKs,rm,sk— 1,cp(1 - SKPs,rm,sk— 1)’ Y
(b) Balances for the sub-units

Es,rm,sl{I/s,rm

INRs,rm,sk,cp + Z Vs,rx,chXRs,rx,rm,sk |SK

meRXA

s,rm

x,rm|

+ Y. MITR
s* e S\{s}

— OUTSK,

s,rm,sk,cp =

0

,s,rm,sk,cp
V(seS,skeSK,cpeCP) (2)
(c) Balances of the final product mixer

Y. OUTSK
sk € SK

SKP, ,,. .« — OUTR 0

s,rm,sk,cp rm sk s,rm,cp

s,rm

V(s€S,cpeCP) 3)

(d) Constraints on split fractions

Y SRRy g rmims—1<0 V(skeSK,s€S) (4)
stesT
Y, FSF,;4—1=0 VY(f€F,s€S) ©)
sk € SK

Equations 1 to 5 represent a well-mixed compartment in
state s for |[SK°|=1 and an approximated segregated flow
compartment for |SK®|> 1. Mass-transfer rates
MTR g gy gk cp are calculated as functions of mixing patterns
and flow directions in the compartments of states s and s*
according to the shadow compartment concept (Mehta and
Kokossis, 1997, 2000; Mehta, 1998). The existence of mass-
transfer links between the different compartments of the
RMX units is a degree of freedom for optimization, and mass
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exchange interactions between the compartments in the dif-
ferent states present can be established or removed. This
allows for decoupling of the reaction and mass-transfer phe-
nomena in the system between a pair of compartments in
states ¢ and q by setting MT,,, . =MT,, . =0 in Eq. 2.
Isolation of states is an important feature of the unit repre-
sentation, as it might only be beneficial to introduce addi-
tional states to parts of the reaction-separation network. De-
cisions on the existence of catalyzed reactions are introduced
to the RMX representation, allowing to account for the ab-
sence of catalysts in the reacting phases by setting RX, . =0
in Eq. 2. Temperature effects are accounted for in the com-
partment models in accordance with the profile-based and
the unit-based synthesis approaches presented by Mehta and
Kokossis (2000). In the profile-based approach, temperature
control profiles are imposed on the compartments the shape
of which is a degree of freedom for optimization. This allows
to determine the optimal temperature policies inside the pro-
cessing units without the need for detailed consideration of
individual heat-transfer mechanisms. For a more detailed de-
sign, a rigorous unit-based approach is utilized to account for
temperature effects, by solving the energy balances of the
units along with the mass balances of Egs. 1-5. The com-
partments are represented by sections of adiabatic operation.
Temperature control units are introduced that allow for the
representation of all possible direct and indirect heat-trans-
fer options. For details on the implementation of the
profile-based and the unit-based approaches, we refer to
Mehta and Kokossis (2000).

The different mixing patterns in the compartments, the ex-
istence of mass-transfer links, and the presence of catalysts
enables to represent a variety of processing alternatives by a
single generic unit. For a vapor-liquid-liquid system featuring
reactions in one heterogeneously catalyzed liquid phase, the
design alternatives in terms of phase interactions are shown
in Figure 3. The compartments in each phase feature well-
mixed and segregated flow units and each illustrated case
represents itself a number of design alternatives resulting
from different possible combinations of mixing patterns and
flow directions in the different phases. If all mass-transfer
links are deactivated, the RMX unit reduces to a homoge-
neous reactor, as shown in Figure 3a. Deactivated mass-
transfer links to one phase transform the unit into a vapor-
liquid reactor or an extractive reactor (Figures 3b and 3c).
Removal of the catalyst realizes a vapor-liquid or a liquid-
liquid mass exchanger (Figures 3d and 3e). If all mass-trans-
fer links are active, the RMX unit represents a gas-liquid-
liquid reactor (Figure 3f) or vapor-liquid-liquid mass ex-
changer for the case that no catalyst is present in the system.
For systems with multiple states, a single RMX unit can rep-
resent more than one physically distinct unit simultaneously.
For instance, the homogeneous reactor and the
absorber/stripper shown in Figure 3 can coexist. The recycle
options among compartments in the attainable states allow
for additional design options to be captured by the RMX unit.
Figures 3g—3j show the special cases that exist for the vapor-
liquid mass exchanger of Figure 3d. Without recycles to at-
tainable states, the unit represents an absorber (Figure 3g). A
vapor recycle to the liquid phase results in a rectifier (Figure
3h), a liquid recycle to the vapor phase represents a stripper
(Figure 3i), and a vapor and a liquid recycle results in a distil-
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Figure 3. RMX design alternatives for a gas-liquid-liquid
system with one reactive liquid phase.

lation column (Figure 3;j). The recycle streams across the state
boundary represent a condenser and a reboiler, respectively.

Separation task unit

In contrast to the rigorous representation of reaction and
mass-transfer phenomena by RMX units, the separation task
units (STU) represent venues for composition manipulations
of streams without the need for detailed physical models. In
accordance with the purpose of any separation system, the
separation task units generate a number of outlet streams of
different compositions by distributing the components pre-
sent in the inlet stream among the outlet streams.

The separation task units and its inlet, as well as outlet
streams, belong to the same state of the system under consid-
eration. The unit is illustrated in Figure 4. Let SC = {sc,,
$C,, ..,8¢,}, r € N be the set of components present in the
processing state of the separation task unit and NO ={no,,
no,, ..,ho}, s€ N, s>1 be the number of outlet streams
leaving the unit. The inlet flow matrix IF = diag(if;, if5, ....if,),
IF€ ®”*, defines the molar component flow rates entering
the unit. The outlet flow matrix OF =(of,,), OF€ ®R"™" is
defined by Eq. 6 - -

S

F=IF-CD (6)
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Figure 4. Separation task unit.

where CD=(cd, ), CDe ®"™, cd,, ,, €[0,1] is the compo-
nent distribution matrix. The sth column of the outlet flow
matrix corresponds to the molar flow vector of the sth outlet
stream of the separation task unit. The component distribu-
tion split fractions are constrained by Eqs. 7 and 8

Y, cd,,—1=0 VreSC @)
s€ NO

Z Z Cdr,s_rmaxz()‘ (8)
reSC se NO

Note that, independent of the component distribution poli-
cies, the generic unit is described by linear mass balances

if,i— Y, of,,=0 VseSC ©)
re NO

The component distribution matrix determines the func-
tionality of the separation task unit. Let the set O ={o,, 0,,
0.}, V€ N, denote the separation processes that can be as-
sociated with the unit. For each process, a set of component
lumps LC,={LSC,,, LSC,,, ..,LSC, ;}, each comprised by
subsets of components LSC, ;={lsc, ; , Isc, 5, -I5C, s uisihs
u(s) € N, Isc € SC, with common separation properties is de-
fined such that

U4 LSC, ,=SC Yo€O (10)

In case all components are considered separable, the set of
lumped components is identical to the component set SC.
Separations between components of the same lump are not
considered feasible. Consequently, for each lump LSC; € LC

cd cdi. =0 Vse& NO,isc,jsce LSC;  (11)

isc,s jsc,s

Each outlet stream is assigned a set of OC, ={oc,, oc,,,
e 0C; o}, 0(s) € N, OC, € LC component lumps. The sep-
aration task unit generates a maximum of s, outlet streams
by performing a set of separation tasks T ={¢,, t,, ...,.t,}, u €
N. A number of separation tasks s partition the set of com-
ponent lumps into (s +1) subsets, which are assigned to the
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(s +1) outlet streams. The separation task units accommo-
dates for the different synthesis aims in the screening and
design stages outlined in the previous section by different lev-
els of component distribution and separation task con-
straints.

The separation task unit can facilitate the representation
of separation tasks that can be performed using particular
separation processes. The possible distribution policies of
component lumps to the outlet streams are constraint by the
separation orders of the separation process. Let the function
fep(LSC): G —» ® return the physical property values that
define the separation order for the component lumps of the
unit operation considered (such as volatilities in case of distil-
lation). Let the set LC be in descending order of separation
such that fzp(LSC,) > frp(LSC,)>...> frp(LSC,). Compo-
nent lump distribution policies are constraint such that the
separation tasks can partition the set of component lumps
into subsets containing adjacent elements of LC only.

Let task ¢ partition the set of lumped components LC into
subsets A={a€ LC: frp(a)= frp(LSC,)} and B={be LC:
fep(b) < fgp(LSC,)}. Then, with the task set T in ascending

order, the tasks ¢, € T assign the components to the (u,,,, +1)
outlet streams according to

guzzu, -+ ILSCs = OCzu (12a)

Ut LSC,=0C, ., (12b)

The key component lumps of the separation task ¢, are LSC,,
and LSC,, . If sharp separations are considered, the com-
ponent distribution fractions are assigned according to Eq.
12. Alternatively, the key components can be allowed to dis-
tribute among outlet streams ¢, and ¢, , ,, while satisfying Eq.
11. Nonsharp separations arising from operational con-
straints on the separation tasks can easily be accomplished.
In the case of azeotrope formation, the component distribu-
tion fractions are constrained according to the corresponding
compositions. Consider a separation task A(B)/(A)B where
A and B form an azeotrope of composition x¥* and mixture
AB leaves via effluent stream io and component A or B is
obtained from effluent stream jo of the separation task unit.
Then, the component distribution fractions are expressed as

the following functions of the molar inlet flows

_ IFg x%
cd 4 ;, = min Lm s edy o =1—cdy o3
; e IF  x% J 1—cd
edy,,=min|1,——2—|, cdy,, =1—cdy .
B.io IFB(l_xz) B, B,j

In this case, the component distribution fraction is a func-
tion of the molar inlet flows and the mass balance of the
separation task unit becomes nonlinear. Note that the pur-
pose of the separation task unit is to provide for a conceptual
representation of separation options and that a detailed rep-
resentation of azeotropic systems can be accomplished with
the use of RMX units and their combinations.

The separation task unit performs a set of feasible separa-
tion tasks according to the separation order to define a set of
outlet streams. Depending upon the order in which the tasks
are performed, a variety of processing alternatives exist for a
single unit. In the following, it is illustrated how the separa-
tion task unit can be associated with processing equipment
under the assumption that each separation task is performed
by a simple “one feed—two products” separator and only ar-
rangements of separators in series/parallel are considered.
Similarly, the task vector can be associated with complex sep-
arations by adopting the representation of Shah and Kokossis
(2002).

Let T be the s-dimensional task vector where each row is
represented by one ¢, €T without repetition of elements.
With the convention that task ¢,_; is performed before task
t,, the task vector defines a separator sequence. Consider a
unit separating an inlet stream containing LC ={4, B, C, D,
E, F, G} by performing a set of tasks 7' ={1, 3, 4, 6}. Then,
the task vector T =[1, 3, 4, 6] corresponds to the direct se-
quence shown in Figure 5a. The 13 alternative designs are
realized by interchanging the rows of the task vector. For
instance, interchanging rows 1 and 3 results in T =[4, 3, 1, 6],
which represents the sequence shown in Figure 5b. Inter-
changing the rows of the task vector allows to transform the
separation sequence. Let k and k*, k > k* be the ranks of
the tasks to be interchanged in 7. Then, the resulting sepa-
ration sequence is distinct if there exists a task of intermedi-
ate rank such that {t; € T:(tj <t; <tp) V(1= > 1;> 1;),k* < j

> (a) > fa
b,cdelf, >
bodeldl, > {bc} -
> > >» {b,c
{a,b,c,d,e f,g} > (d)
> > {ef} —> >
> {e/f}
a.) I=[1: 31 41 6] > {g} b.) I=[4y 3: 11 6] > {g)
Figure 5. Generation of alternative separation sequences.
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< k}#{ }. The separation process to be associated with the
separation task unit, and the number of separation tasks, as
well as their arrangements in the task vector, are decision
variables for optimization.

Process System Representation and Optimization
Superstructure representation

The generic synthesis units presented above and their com-
binations allow for representation of all sections of general
steady-state processes involving reaction and separation, that
is, reaction sections, reactive separation sections, mass ex-
change sections, and sections performing separation tasks.
The aim of the superstructure network generations is to pro-
vide for a venue that enables the simultaneous exploration of
the functionalities of the different synthesis units along with
all possible interactions among them. A number of synthesis
units and a complete stream network are required to capture
all the different design options that exist for a process. Nov-
elty is accounted for in the superstructures, as the represen-
tations are not constraint to conventional process configura-
tions, but instead include all possible novel combinations of
the synthesis units.

The superstructures feature a number of generic RMX and
separation task units, as well as raw material sources and
product sinks, the interconnections among which are realized
by two types of stream networks:

(a) Intraphase streams establish connections between the
synthesis units, products, and raw materials of the same state;
and

(b) Interphase streams establish those connections across the
state boundaries, that is, the source and sink of such a stream
belong to attainable states.

To describe the superstructure network generation, we de-
fine the following sets and subsets associated with the phases
or states, synthesis units, the process streams, the raw materi-
als and the products.

S ={s is a state}

RM ={rm is a reactor/mass exchanger unit}

ST, ={st is a separation task unit in state s € S}
F,={f is a raw material source in state s € S}
P, ={p is a product in state s € S}

SP, ={sp is a splitter in state s € S}

MI,={mi is a mixer in state s € S}

CP, ={cp is a component in state s € S}

RX, ={rx is a reaction in state s € S}

SO, ,, ={so is an outlet of unit st € ST, in state s € S}
SK,,, = {sk is a well-mixed sub-unit in the
compartment in phase s € S of rm € RM}
SL ={s|s €S is an attainable state for s* € S}
SPS%I ={splsp € SP splits a raw material stream f € F,}
SPRM — {sp|sp € SP/ splits the outlet of unit 7m € RM}
SPIRM. —{sp|sp € SP* splits the outlet of sub-unit sk &
SK, ,, of rm € RM}
SPSl ., ={splsp € SP/* splits outlet so € SO, ,, of unit st €
ST}
SPl", ={splsp € SP/* splits a product stream p € P,}
MIEN  ={milmi € MI" is a mixer prior to sub-unit sk €
SK,,, of rm e RM}
MIFRM ={milmi € MI;* is a final product mixer of rm &
RM}
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MIST ={milmi € MI* is a mixer prior to unit st € ST,}

MIf, = {milmi € MI is a mixer of product
pEP}

CPl, ={cplcp € CP is a component allowed in product
pEP}

CP;;& ={cplcp € CP is a component in sp € SP/;}

s

CPM ={cplcp € CP is a component in the outlet of sp
€ SPRMY
CP} , ={cplep € CP is a component in the outlet of sp
e spST

s5,51,50

In each state of the system, network superstructures are
generated according to the following intraphase connectivity:

(1) Mixers Mlﬁ%,’sk are fed by streams originating from
any splitters SP),, SPEM . and SPS] . Note that local
recycles within the RMX units are already included into the
unit representation.

(2) Mixers MI;[, receive streams from any splitters SPR)
and from all the splitters SPS‘% 4 ist,jso that are separable ac-
cording to {ic,jc € CP’L, . tic # je,ic € CPYL, . ,.jc €
CP3l, ko isot #{ ). Similarly, streams originated from any
splitters SP,", are connected to MIYY, if {ic,jc € CP[:ic #
jC’iC € CPSift,iso’].C € CPsi'{t,kso #* iso} #{ }

(3) Mixers MI[;, receive streams originating from any
splitters SP! that satisfy CP) cCP[, and correspond-
ingly from any splitters SP’] , that satisty CP’] , cCP,.

For a system with attainable states s* # sa # ¢, the net-
work superstructures additionally facilitate the following in-
terphase connectivity:

(4) Mixers MIRM . MRMX, receive streams originat-

s,irm,s. q,ir,sc
: : F M ST
ing from any splitters SPx r, SPg 4 jpm and SPE, (.

(5) Mixers MIL, receive streams from any splitters SPEMY,
and from all the splitters SPE" . that are separable ac-
cording to {ic,jc € CPET,, . iic # jejic € CP3L, ;. jc €
CP}Y, 1o+ isot #{ ). Similarly, streams originated from any
splitters SP% ;, are connected to MIS[, if {ic,jc € CPL ;:ic
* jC,iC € CPsA,Szist,iso’ jC € CI)SA,S;'Y;I‘,I(S() # iso} #* { }

The compositions of the streams remain unchanged upon
state transition. The transfer of material across the state
boundary potentially requires the addition or removal of en-
ergy to or from the interphase streams. In this case, an en-
ergy transfer unit such as a total reboiler or a total con-
denser, a throttle, or a compressor is associated with those
mixers receiving a stream from a different state. For systems
where components are present that are virtually involatile or
incondensible at feasible operating conditions, the total oper-
ation of reboilers and condensers is an invalid assumption. It
is important to point out that a temperature controlled RMX
unit featuring well-mixed compartments in both attainable
states enables the representation of partial reboilers and con-
densers. In this case a larger number of RMX units are to be
included into the superstructure as the representation of pro-
cessing options becomes less compact. The mathematical for-
mulation of the superstructure model is presented in the Ap-
pendix.

Figure 6 illustrates three process configurations that are
embedded in a two-phase superstructure network comprised
of three RMX and three separation task synthesis units. A
flow scheme featuring a reactive distillation arrangement with
a homogeneous pre-reactor is shown in Figure 6a. The reac-
tive distillation column is represented by two RMX units with
plug-flow compartments in both phases and countercurrent
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Figure 6. Novel and conventional designs embedded in
the superstructure for a system with two fluid
phases.

stream contacting. The design shown in Figure 6b does not
feature any interphase connections, and reaction occurs in
both RMX units. A separation task unit facilitates the inter-
mediate separation of components in between the RMX units
in state s. In state s*, a plug-flow and a well-mixed RMX
compartment are arranged in series followed by a separation
task unit representing a separation sequence to separate the
raw material from the product and the byproducts. Figure 6¢
shows a design of plug-flow reactors in serial arrangement
with intermediate separations and a global recycle.

Clearly, the representation potential of a superstructure
strongly increases with the number of synthesis units that are
included in the formulation and a superstructure, which is
too small, will result in missed opportunities. On the other
hand, the addition of too many units unnecessarily increases
the complexity of the formulation. How to determine the
minimum number of synthesis units to be included into a su-
perstructure for representation of all relevant design options
is still an unanswered question in process synthesis and is
certainly case-dependent. One should be aware that, if the
initial superstructure does not contain the minimum number
of synthesis units required for the representation of the opti-
mal solution(s), the framework will lead to a sub-optimal de-
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sign. Similarly, process features that are beyond the repre-
sentation potential of (combinations of) the proposed synthe-
sis units will not show in the superstructure and optimal de-
signs containing those features cannot be obtained.

Superstructure optimization

The network optimization needs to exploit the structural,
as well as the continuous, decisions within the network in
order to arrive at optimal solutions. Due to the highly non-
linear and discrete nature of the general synthesis problem,
the reaction and separation superstructures are optimized us-
ing stochastic search techniques in the form of simulated an-
nealing (Kirkpatrick et al., 1983) in this work. SA does not
deliver strict optima in a deterministic sense, but has been
proven to converge statistically to the globally optimal do-
main (Aarts and van Laarhoven, 1985; Marcoulaki and
Kokossis, 1999), that is, to the performance target of the sys-
tem. The searches produce a multitude of stochastically opti-
mal solutions with performances close to the target values.

The implementation of the SA procedure employs a set of
moves that allows correspondence among all possible design
states embedded in the network superstructure. The moves
enable the contraction, expansion, and alteration of individ-
ual synthesis units and stream attributes of the design in-
stances. Starting from an initial state, sequential transitions
are considered towards improving, as well as disimproving,
states with the probability of significant uphill excursions be-
ing reduced during the cooling of the system. Hence, the sys-
tem is gradually forced towards states of better performance;
however, on the path towards better performance, the system
is allowed to attain inferior states. At each temperature, a
number of random, reversible state transitions (homogeneous
Markov chain) are performed to equilibrate the system. A
search heuristic (acceptance criterion) exploits the knowledge
of the performance of a current state, that of a potentially
new state within its neighborhood, and the state of the search
(the annealing temperature) to guide the transition towards
the stochastic optimum. The search allows for transitions to
disimproving states, thus enabling the system to escape from
locally optimal states. This work employs the original
Metropolis acceptance criterion (Metropolis et al., 1953) and

Product (P)
Decanter
Distillation
FeedA B \ o column
Reactor

Fuel (A,B,C,E,P)

> Waste G (solid)

Figure 7. Conventional Williams-Otto process configu-
ration.
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the logarithmic cooling schedule suggested by Aarts and van
Laarhoven (1985). Details on the implementation of the
stochastic search algorithms will be presented in a future
publication.

Examples
Example 1: the Williams-Otto flowsheeting problem

Novel designs for the Williams-Otto problem (Ray and
Szekely, 1973) are sought. Figure 7 shows the conventional
process configuration. The raw materials A and B are fed to
a reactor where the following reactions occur

(1) A+B-C
2) B+C—->P+E
3) P+C->G

The reaction rates of components A, B, C, P, E, and G, re-
spectively, are functions of the weight fractions X and given
by the vector R(X)=[—k, X, Xz —k, X, Xpz—k, Xp
X2k, Xy Xg—2k, Xg Xo—ky Xp Xes by Xg X —05
ky Xp X¢; 2k, Xg X5 1.5 ky Xp X ] where ky =110.695
wt. frac./h, k, =561.088 wt. frac./h, and k,=1248.748 wt.
frac./h. The volatilities «; of the components i in the system
have the following descending order: ap > ap > ar> ag >
a,> ag. As components E and P form an azeotrope, an
amount of the desired product equivalent to at least 10%
weight fraction of E is lost through the purge, which is used
on-site as a fuel.

The objective of the synthesis exercise is to find the de-
signs that maximize the annual profit of the process for a
minimum production rate of 400 kg/h of component P. The
profit function includes the product value and raw material
costs, waste treatment cost, reactor capital, and operating
cost, as well as the cost incurred by separation. A summary
of the problem data is given in Table 1. Distillation enables
separation of mixtures according to the order of volatilities
and, hence, allows separation in support of the raw material
and intermediate recovery. To avoid fouling, G needs to be
decanted prior to the operation, which can be achieved at a
low cost in a decanter. However, component P forms an
azeotropic mixture with component E resulting in a loss of
desired product to the low value fuel. A solvent is available
that allows selective extraction of desired product P from
the mixture. The following equilibrium relationship is as-
sumed (Lakshmanan and Biegler, 1996): Xp jent =
0.4Xp process—stream- 1h€ maximum mass fraction of P in the
solvent is xpgoyen = 0.2. The separation task units are al-
lowed to perform splits between the key components of distil-
lation, that is, the following separations can be performed by
these units according to the order of component volatilities:
P/PE/C/B/A. All splits performed by distillation are as-
sumed to be equally difficult. The solvent introduces a sec-
ond phase to the system. Thus, the RMX unit can take the
functionality of a homogeneous reactor, a reactive extractor,
or an extractor if the catalyst is absent. It is assumed that
reactive extractors and extractors incur higher capital costs
than a homogeneous reactor of identical volume. Superstruc-
tures featuring three RMX units, three separation task units
in the reacting liquid phase, and one separation task unit for

AIChE Journal

Table 1. Problem Data for the Williams-Otto Process

Synthesis Example

Parameter Units Value
Value of product P $/kg 0.2628
Value of byproducts 4,B,C,P,E $/kg 0.0059
Cost of reactant 4 $/kg 0.02
Cost of reactant B $/kg 0.03
Cost of byproduct G (waste treatment) $/kg 0.01
Annual operating time h/yr 8400
Capital expenditure amortization factor 1/yr 0.43
Reactor operation/flow through unit $/kg-yr 222
Reactor capital investment $/m? 4800
Separation task costs* Ccrx CVAR
Separation of G (decanter) $10,000  $0.0001/kg
Distillation [Separations: E(P)/P/C/B/A] $200,000  $0.001/kg
Solvent regeneration $0.001/kg
Equipment cost ratios**
Homogeneous reactor (HR) My /My R 1
Reactive separator (RS) Mys/Mir 10
Extractor (EX) M3y /Myg 4

*Cost = CFX 4+ FINCVAR,
ok
Base: homogeneous reactor volume.

solvent regeneration are employed in the synthesis. Note that
the two liquid phases are not miscible and the interphase
connections are not considered.

Stochastic optimization yields a target performance of
around $433 k/yr for the system. Designs with performances
close to the target can be grouped into two main categories

Regenerated solvent

Product

'; e I 5 ,‘_  2 EXy 5
RMX 1 RMX 2 RMX3 Fuel/
waste
Feed B
[
Feed A
a.)

Regenerated solvent

Product

Feed B I

Feed A @

b.)

Figure 8. Reactive extraction processes from the de-
sign stage.
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Table 2. Design Information for the Williams-Otto Process

Design of Figure 8a 8b 9a 9b
Objective k$/yr 421 418 433 422
Unit volume (RMX 1) L 28 101 160 13
Unit volume (RMX 2) L 106 294 303 229
Unit volume (RMX 3) L 280 n/a n/a 190
Feed A kg/h 565 552 468 483
Feed B kg/h 1,140 1,069 905 927
Solvent from regeneration kg/h 12,000 14,980 3,388 3,559
Product P kg/h 400 400 400 400

according to their use of the solvent. Category 1 features re-
active extraction designs and category 2 reactor-hybrid sepa-
ration designs. Designs of the first category employ only
RMX units featuring plug-flow compartments in the form of
homogeneous reactors and reactive extractors. No separation
tasks are utilized in the reactive phase, that is, extraction of
the desired product P in the course of reaction is the only
separation required to achieve the target. The optimal flow
schemes feature two or three RMX units. Typical designs
are shown in Figure 8. Additional design information is pre-
sented in Table 2. The compartments of the reactive liquid
phase are arranged in series. Raw material B is fed to the
first, whereas the raw material A is distributed among all
compartments. When present in the optimal designs, homo-
geneous reactors are located prior to the reactive extractors
(Figure 8a). The feeds to these units generally contain com-
ponent B in excess. The solvent contacting pattern is mainly
countercurrent, but combinations of cocurrent and counter-
current units are also observed (Figure 8b). The stochastic
search has identified the reactive extraction designs, although
their performances fall slightly short of the system’s perfor-
mance target (around 3%).

Designs of the second category feature RMX units in the
form of homogeneous plug-flow reactors and countercurrent
extractors, as well as a single separation task unit. Addition-
ally, a number of flow schemes employ reactive extractors.
Typical designs are illustrated in Figures 9a and 9b. Further
design information is summarized in Table 2. The separation
task unit facilitates a decanter for removal of solid waste G,
as well as a distillation column for separation of product P
and byproduct E from the raw materials and intermediates
A, B, and C. In all designs proposed so far, the sloppy task
P/AP)E,C,B,A is performed by the distillation operation. In
contrast, the novel designs utilize a distillation-extraction hy-
brid separation system for a complete recovery of valuable
components P, A, B, and C. The solvent is used to extract
the desired product P from the distillation column overheads
in a countercurrent contractor. Only component E and a
small fraction of P ( <0.5%) are present in the fuel stream.
The bottoms of the distillation and the two raw material
streams are fed to the homogeneous plug-flow reactor result-
ing in a large excess of component B in this unit. In all
configurations, the reaction section consists of a homoge-
neous PFR that is in some cases connected to a countercur-
rent reactive extractor, in which the reacting mixture is con-
tacted with a fraction of the regenerated solvent.

Comparison with Conventional Designs. The Williams-Otto
process designs proposed in the literature mainly follow the
flowscheme shown in Figure 7 with a plug-flow or a well-
mixed reactor. Balakrishna and Biegler (1993) reported on
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Figure 9. Reactor-hybrid separation processes from the
design stage.

performance improvements of designs featuring a number of
PFR stages with multiple intermediate separation
G/A,B,C,P,E and P,E/A,B,C in the case of low separation
costs. According to the cost models employed in the present
study, the conventional process yields a profit of 51.5 k$/yr
with a plug-flow reactor, whereas the use of a well-mixed re-
actor results in a slight loss (—0.7 k$/yr). Intermediate sepa-
ration tasks inside the reactor network were not observed to
lead improved performances as compared to the conven-
tional designs. The novel designs featuring reactive extrac-
tion and reactor-hybrid separation arrangements exhibit sig-
nificantly improved performances as compared to the con-
ventional process configurations.

Example 2: production of ethylene glycol

The proposed synthesis framework is applied to synthesize
process designs for ethylene glycol (C,HO,) production
from ethylene oxide and water. The valuable product eth-
ylene glycol reacts further to the unwanted byproduct di-
ethylene glycol. The model consists of two reactions as fol-
lows

C,H,0+H,0 - C,H(0,
C,H,0+C,H,0, > C,H,,0,

AIChE Journal



Table 3. Problem Data for the Ethylene Glycol Production Process

Reaction Kinetics [mol/cm?-s] AH [kJ/mol]
EO+W - EG 3.15x10% exp[ —9547/T(K)]* X * Xy —80.0
EO +EG — DEG 6.30x10° expl—9547/T(K))- X o * Xp; ~13.1
Component Vapor pressure [atm]
EO 71.9-exp[5.72(T(K) — 46DAT(K)—35.9)]
w 221.2-expl6.31(T(K)— 64AT(K)—52.9)]
EG 77.0+ expl9.94(T(K) — 645)AT(K ) — 71.4)]
DEG 47.0-exp[10.42(T(K)—68DAT(K)—80.6)]
Parameter Symbol Units Value
Cost of Ethylene Oxide cto $/kmol 43.7
Cost of water " $/kmol 21.9
Onstream time OP 10% h/yr 8.15
Hot utility cost ct $k/KW-yr 146.8x1073
Cold utility cost c€ $k/kKW -yr 245x1073

Table 3 summarizes the problem data employed in the syn-
thesis study. In view of the highly exothermic reactions, Ciric
and Gu (1994) proposed to carry out the process in a reactive
distillation column. The synthesis problem was formulated
as an MINLP with the feed location and the existence of
trays being the binary decision variables. A reactive distilla-
tion column with distributed ethylene oxide feed was found
to perform better than a two-feed reactive distillation col-
umn. Papalexandri and Pistikopoulos (1996) formulated su-
perstructures of their multipurpose mass/heat-transfer mod-
ules for this process as MINLPs and solved for minimum util-
ity cost. A reactive distillation column was presented as the
optimal structure, and, although the superstructures include
a variety of novel structures, alternative designs are not iden-
tified. In a further study, Stein et al. (1999) synthesized a
reactor network of two-phase reactor-condenser elements for
minimum utility cost. In agreement with the above studies,
the reactive distillation column arrangement was found to
perform best. By penalizing the streams of the column ar-
rangement, Stein et al. (1999) were able to obtain novel pro-
cess designs; however, the performance of the alternative de-
sign reported is significantly inferior to that of the reactive
distillation column.

The process goal is the production of 25 kmol/h of eth-
ylene glycol with a minimum purity of 95 mol. %. Ideal va-
por and liquid phases are assumed (Ciric and Gu, 1994). The
objective function considers raw material and utility costs as

L —eo—Ciric & Gu
460 —»— This work

3

Temperature (K)
»H
n
o

88 ¢

2 3 4 5 6 7 8 9 10
Tray / well mixed cell number

-

follows

J(k$/yr)=OP(c®?(FD*? — FPEC) + W (FDY — FPEC))
+ cHHUT 4 cCcvT

where FDZ© (kmol/h) and FD" (kmol/h) are the feeds of
ethylene oxide and water and HY” (kW) and CUT (kW) are
the heating and cooling requirements, respectively. FPEY de-
notes the ethylene glycol production rate and ¢£9, %, ¥,
c€ are cost parameters. Capital costs and treatment costs for
water in the product stream are not considered here as they
amount for less than 1% of the total annualized costs, as
reported by Ciric and Gu (1994), and do not have a signifi-
cant effect on the performance targets. The mass-transfer
rates are calculated according to the film theory with driving
forces calculated on a mole fraction basis. The reaction rates
are set to zero inside the RMX units to realize mass ex-
change sections. High specific mass-transfer coefficients have
been selected (k;a =100 kmol/L-h for all components) to ap-
proach the vapor-liquid equilibrium in each well-mixed cell.
The optimal design of Ciric and Gu (1994) has been simu-
lated to investigate the effect of the modeling differences on
the performance of the column. Each of the six reactive
stages has been represented by a reactive RMX unit with
well-mixed compartments in both phases, and the four non-
reactive stages are represented by a countercurrent RMX unit

b
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Figure 10. Model comparison for the best reactive distillation column design reported in Ciric and Gu (1994).
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Table 4. Simulation of the Reactive Distillation Column of
Ciric and Gu (1994)*

Tray/Well-Mixed EO Feed H,0 Feed Reaction

Cell* (kmol/h) (kmol/h) Vi (L)

6 4.89 0.00 551

5 4.76 0.00 482

4 4.69 0.00 448

3 4.97 0.00 371

2 0.20 0.00 1,467

1 8.05 26.31 12

Product Molar Flows (kmol/h)

EG DEG H,O0

Ciric and Gu (1994) 25.00 1.27 0.04

This work 24.98 1.29 0.04

*Boilup ratio: 0.958, trays counted from top to bottom, holdup of cells 1
through 4: 250 L.

with four well-mixed cells in each compartment. Both raw
material streams are fed into the liquid phase for comparison
purposes only. Table 4 presents the performance of the col-
umn structure. The rate-based model slightly produces a de-
teriorated selectivity towards ethylene glycol. Figure 10 shows
the temperature and composition profiles of the column for
both models. In the reaction section, the profiles obtained
from both models are virtually identical. The mass-transfer
effects lead to slight variations in the mass exchange section,
where the ethylene glycol fractions and temperatures are
found to be higher and the water mole fractions lower, as
compared to the equilibrium stage model. The optimal col-
umn of Ciric and Gu (1994) is infeasible, as it does not meet
the ethylene glycol production constraint when simulated us-
ing the rate-based model. The evaluation of the objective
function reveals a performance of $2,336/yr for the column.

Network superstructures are postulated accounting for va-
por and liquid phases. A maximum of four multiphase RMX
units are allowed (up to five well-mixed cells in each com-
partment). The stream network includes complete in-
traphase as well as interphase connectivity among all com-
partments of the generic units present. Network optimiza-
tion reveals a performance target of around $2,180 k/yr for
the system, an improvement of 7% over the optimal reactive
distillation column. A number of designs exist that exhibit
performances close to the target. Figure 11 shows two design
alternatives of similar performance. The design data are
summarized in Table 5.

All designs obtained from the search feature four active
RMX units with five well-mixed cells in each of the compart-
ments. Reaction takes place in three of the units whereas one
is observed to be a mass exchanger. Common to all designs is
a countercurrent mass exchanger with a liquid to vapor inter-
phase recycle (reboiler) in which the water and ethylene ox-
ide are stripped off the glycol mixture leaving the reaction
zone. Significant differences are observed with respect to the
design of the reaction network. In terms of contacting pat-
terns, design alternatives with only countercurrent (Figure
11a) and with only cocurrent RMX units exist (Figure 11b).
Combinations of co- and countercurrent units are also ob-
served. A serial arrangement of the liquid-phase compart-
ments is facilitated in most designs. The reaction volumes
utilized in the different flow schemes vary significantly from
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Figure 11. Design alternatives with purely countercur-
rent and cocurrent reaction zones (gray units
indicate reactive RMX units).

around 100 L to beyond 3,000 L. The water is generally fed
to the first two RMX units, whereas the ethylene oxide is
distributed among the last two reactive units. Intraphase va-
por recycles around combinations of reactive units are ob-
served in all designs. Ciric and Gu (1994) have constrained
the vapor flow inside the column to a maximum of 1,000
kmol/h, a value found to be conservative by Cardoso et al.
(2000). Although not imposed in this work, the maximum

Table 5. Design Information for Process Configurations of

Figure 11
Fig. 11a Fig. 11b
Objective $k/yr 2,181 2,252
Feed ethylene oxide kmol/h 27.56 27.56
Feed water kmol/h 26.30 26.30
Product purity Mol. % 95.06 95.06
Reaction volume (RMX 1) L 398 35
Reaction volume (RMX 2) L 154 845
Reaction volume (RMX 3) L 89 699
Total reaction volume L 641 1,579
Heating duty MW 5.93 6.34
Cooling duty MW 6.82 7.23
Maximum vapor flow kmol/h 819 4,301
AIChE Journal



vapor flow in most designs obtained in this study are well
below the upper bound of Ciric and Gu (1994). In some
designs, vapor flows as high as 4,300 kmol/h are observed,;
however, they offer similar, but not superior, performance
and can thus be ignored if these high vapor flows are found
to be impractical in more detailed simulation studies.

The novel designs compare favorably with the reactive dis-
tillation columns presented in earlier studies, as a result of
reduced energy requirements. Stein et al. (1999) and Ciric
and Gu (1994) report a heating duty of 6.7 MW for the opti-
mal reactive distillation column. It is anticipated that this
reduction is a result of the local vapor recycle policies. As
compared to the reactive distillation column, higher vapor
flows are realized in the reacting sections in order to main-
tain a consistently low ethylene oxide concentration in the
liquid phase, whereas the stripping section is operated at
lower vapor flows. The water to ethylene oxide ratio is greater
than 600/1 throughout the reacting sections of all designs ob-
tained. For comparison, the lowest water to ethylene oxide
ratio in the optimal column of Ciric and Gu (1994) is re-
ported to be 200/1 (a ratio of 204/1 is obtained from the
rate-based model). Figure 12 shows the mole fraction and
temperature profiles along the reaction volume of the design
shown in Figure 11a. Cardoso et al. (2000) report improved
reactive distillations designs with up to three times higher
heating and cooling requirements as compared to the design
of Ciric and Gu (1994). Such designs have not been observed
in this work and the savings reported here stem from reduc-
tions in energy requirements; indeed, the reported optimal
designs of Cardoso et al. (2000) have performances of $2,600
k/yr and $3,872 k/yr for the objective function considered in
this work.

Example 3: activated sludge processes

The proposed synthesis methodology is applied to establish
performance targets and design guides for activated sludge
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Figure 12. Mole fraction and temperature profiles along
the reaction zones (design of Figure 8a).

processes. The process behavior is predicted using the Acti-
vated Sludge model No. 1 developed by Henze et al. (1987),
which has been verified under a variety of operating condi-
tions (Dold and Marais, 1986) and has subsequently been the
base of a range of commercial and educational simulation
software developments. The reaction processes involve two
main reaction paths
Carbonaceous Organics Reaction Path

0,,NO, Xgy
Xg————S;

XBH
S¢+0,— Xy

_ Xpu
S¢+ NO;, —Xgy + N,

Table 6. Rate Expressions of the Model (Henze et al., 1987)

Process

Process Rate (M-L73-T~1)

Aerobic growth of heterotrophs
Anoxic growth of heterotrophs
Aerobic growth of autotrophs
Decay of heterotrophs

Decay of autotrophs
Ammonification of soluble organic nitrogen

Hydrolysis of entrapped organics

Hydrolysis of entrapped organic nitrogen

Ss So
X
HH\ K5+ 85 [\ Koy +50 ) 2
S Kon Sno 0 X
Ha Kg+Ss J\ Koy +So )\ Kno+Sno ) ¢ B
Snu So "
P\ K + S )\ Ko +55 )77
thBH
bAXBA
khSND XBH
XS ( SU,H )
Xsn Ko+ So x
h XS SS SN() BH
Ky + n,
Xpu K+ Ss )\ Kno +Syo
XS ( SOYH )
Xgn Kou+So X )
D S Sno b X
Ky + n,
Xpu Ks+Ss ]\ Ko+ Syo
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Table 7. Wastewater Composition (Henze et al., 1987)

Constit. Unit Content Constit. Unit Content
S gCODm™3 30 Xyp gN-m~3 7.2
S; gCODm™3 30 Sy gNH;_N-m~® 16
X, gCODm™ 3 125 Svo gNO;_N-m™3 0
X, gCODm™* 25 X,y7 gCODm™3 1
Syp gN-m~3 12 Xypr gCODm™? 30

Organic Nitrogen Reaction Path

Xpa _
Syg + 0,— X4+ NO;
_ Xpu
S¢+ NO; —Xgy + N,

where X denotes particulate material and S denotes soluble
material. The highly nonlinear reaction kinetics are given in
Table 6. A water feed flow rate of 100 m>/h is considered.
The wastewater composition and the model parameters are
summarized in Tables 7 and 8. The gas-liquid equilibrium
was calculated using the Henry’s constants reported in Met-
calf and Eddy (1991).

Superstructures featuring three reactive RMX units and a
single separation task unit for the separation of the purified

Table 8. Model Parameters (Henze et al., 1987)

Description Symbol Unit Value
Heterotrophic yield Yy - 0.67
Autotrophic yield Y, - 0.24
Fraction of biomass yielding

particulate products I 0.08

Mass N/Mass COD in biomass iy, gN(gCOD)"! 0.086

Mass N/Mass COD in biomass

products ixp gN@EcoD)™' 0.06
Maximum specific growth rate

for heterotrophs e d! 6
Substrate half-saturation

coefficient K, gCoODm™® 20

Oxygen half-saturation
coefficient for autotrophs
Nitrate half-saturation
coefficient for heterotrophs Kyo
Decay coefficient for hetero-
trophic biomass by d-! 0.62
Maximum specific growth rate

Kon g/m3 0.2

gNO;-N-m™3 05

for autotrophs My d-! 0.8
Oxygen half-saturation

coefficient for autotrophs Ko g0, -m™? 0.4
Ammonia half-saturation

coefficient Kyy gNH3-N-m™ 1
Decay coefficient for auto-

trophic biomass b, d!
Correction factor for anoxic

growth ng - 0.8
Ammonification k, micod™!-d™!  0.08
Maximum specific hydrolysis

rate ky, d! 3
Half-saturation coefficient for

hydrolysis K, - 0.03
Correction factor for anoxic

hydrolysis n, - 0.4
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Figure 13. Volume unconstrained and constrained de-
signs achieving the performance target of the
activated sludge process.

water that form the sludge were subjected to optimization. It
was assumed that the sludge separator achieves only a non-
sharp split with the water equally distributing among the out-
let streams. The mass-transfer switches allow to facilitate the
oxic and anoxic reaction sections of interest. As the process
needs to simultaneously remove nitrogen, as well as organic
matter, the performance index employed in this work gives a
weighted account of the chemical oxygen demand (COD) and
the total amount nitrogen containing fractions (N) that are
present in the effluent stream

As the amount of treated water is not accounted for in the
objective function, there is a constraint on the amount of
sludge that can be purged from the process. It was found that
the whole sludge, and with it a significant amount of water, is
wasted in the unconstrained optimal designs. The water loss
with the sludge is constraint to amount for less than 5 m>/h.

The target performance of the activated sludge system for
simultaneous removal of nitrogen and organic matter has
been located at an objective value of around 270. A design
that achieves a performance of 267 is shown in Figure 13a.
The process has reduced the COD by 96.8% and the total
nitrogen content by 84.8%. Process structures generally fea-
ture plug-flow compartments in the gas and liquid phases.
Both, co- and countercurrent phase contacting is observed.
The designs feature oxic and anoxic sections with the latter
having the largest volume requirements. In the oxic reaction
sections, the oxygen concentrations are approaching the equi-
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librium concentrations that can be achieved by contacting air
with water. The designs facilitate wastewater and air recycles
among the individual RMX units. Concentrated sludge is
distributed among the individual RMX units. Generally, the
designs obtained require fairly large reactor volumes (around
16,000 m?), which is certainly undesired from a practical, as
well as from an economical, viewpoint.

In a subsequent study, an upper network volume bound of
1,600 m*® has been introduced for the RMX units, corre-
sponding to a reduction by one order of magnitude as com-
pared to the volumes observed previously. Again, the target
performance of the activated sludge system has been located
at an objective value of around 270. A design that achieves a
performance of 271 is shown in Figure 13b. Despite the re-
duced network volume, the process has reduced the COD by
97.5% and the total nitrogen content by 84.9%. All designs
obtained from the stochastic optimization closely approach
the upper volume bound. As previously, the process struc-
tures generally feature plug-flow compartments in the gas and
liquid phases with co- as well as countercurrent phase con-
tacting.

Despite the similar design structures observed for the two
cases studied, a closer inspection reveals a rather different
processing strategy. Figure 14 shows the oxygen concentra-
tions in the liquid-phase well-mixed cells in the individual
RMX units. It can be seen that the volume-unconstraint de-
sign has distinct oxic and anoxic sections. The oxygen concen-
trations approach zero in the liquid phase of the anoxic RMX
units, whereas high concentrations between 3 and 7 ppm are
found in the oxic sections. In the volume-constraint design
on the other hand, intermediate oxygen concentrations of
around 0.2 ppm are observed in the oxic sections. This sug-
gests that both the total nitrogen and the organic matter has
degraded in the oxic reactor. In all conventional activated
sludge process designs, the oxic and anoxic reaction sections
are strictly separated with the former sections being operated
at oxygen concentrations, as high as achievable to maximize
the rate of COD reduction. This is an outcome of the insights
into activated sludge processes that the different reactions
occur under different conditions with respect to oxygen pres-
ence, as they trigger different kinds of microbial metabolisms.
The rates of COD and total nitrogen reduction are maxi-
mized by high oxygen concentrations and in the absence of
oxygen, respectively. Optimal designs, however, seem to be
operated at very low oxygen concentrations and thus allow
for only slow rates of COD reduction, but simultaneously en-
able the removal of nitrogen.

The validity of the observations made in this study depends
upon the validity of the Activated Sludge model No. 1 in the
low oxygen concentration region. It should be noted that the
model has been developed for the simulation of existing pro-
cesses, that is, those with a clear separation of oxic and anoxic
reaction sections. To allow different kinetics to be switched
on and off depending upon whether oxygen is present, the
model facilitates several Monod-type terms that activate or
deactivate the appropriate kinetic expressions. These terms
are not a result of mechanistic insights (this does not imply
that they represent wrong trends), but rather functions that
allow the activation and deactivation of the reactions in the
different regimes without introducing discontinuities into the
model equations. The oxygen-related term of the form SAK
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b. Oxygen concentration in the liquid phase of design shown in Fig. 13b.

Figure 14. Oxygen concentration in the liquid phase of
activated sludge processes.

RMX1: sk €[1, 10], RMX2: sk €[11, 20], RMX3: sk €[21,
30], sk: well-mixed cell.

+S) is employed to activate aerobic processes (S: oxygen
concentration, K constant), that is, it approaches zero and
unity at high and low oxygen concentrations, respectively. The
optimal designs facilitate oxygen concentrations such that the
oxygen concentration is of the same order of magnitude as
constants K. Also, the Monod-type terms do not activate or
deactivate any reactions, but rather allow all reactions to oc-
cur simultaneously at reduced rates. A thorough study of the
activated sludge process regarding different wastewater com-
positions, pure oxygen feeds and different kinetic parameters
has been performed using the optimization technology pro-
posed in this work (Rigopoulos and Linke, 2002).

Example 4: hybrid separations for natural gas sweetening

To illustrate the possibilities for the proposed synthesis
framework to take up applications in separation system de-
sign, we synthesize optimal hybrid adsorption/membrane
process configurations for the sweetening of crude natural
gas to meet the pipeline specifications (CO, < 2 vol. %, H,S
<4 ppm). Superstructures featuring two states (high and
low pressure), three RMX units and three STUs in the high-
pressure state are generated and subjected to optimization.
The RMX units represent the membrane modules, whereas
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Table 9. Problem Data for the Gas Sweetening Case Study
Gas Permeabilities (P/8)

Methane (CH,) m/bar-s 7.50x1076
Nitrogen (N,) m/bar-s 7.50%x10°°
Carbon dioxide (CO,) m/bar-s 1.65x 1074
Hydrogen sulfide (H,S) m/bar-s 7.65x10~*
Feed flow rate m’s 10
Feed pressure bar 45
Retentate pressure bar >1.5
Feed Composition

Methane (CH,) Mol.% 79
Nitrogen (N,) Mol. % 1
Acid gases Mol.% 20
Capital Costs

Membrane module $/m? 100 A%¢
Compressor 6,000 HP?7
Compr. efficiency % 70
Plant life yIs 10
Membrane cost $/m? 60
Operating Costs

Power $/kWh 0.03
Membrane life span yrs 3
Methane losses $/GJ 2
Onstream time h/yr 8,500

the irreversible adsorption process is represented by the sep-
aration task units. The stream network facilitates intraphase
streams in both states, as well as interstate streams from
sources originating in the low-pressure state, which are asso-
ciated with compressors. The properties of the employed
poly(ether urethane urea) membranes (Chatterjee et al., 1997)
are summarized in Table 9, along with the feed conditions
and pressures. A total of 15 well-mixed units are utilized to
approximate the plug-flow behavior in the RMX compart-
ments. The fixed-bed adsorption process considered allows to
selectively remove the hydrogen sulfide below the level of de-
tection (Carnell et al., 1995) and is modeled as a separation
task which performs a sharp split between the H,S and the
remaining components present in the inlet stream. The pres-
sures within the compartments of both states are not consid-
ered as degrees of freedom for sake of simplicity; however,
an additional move to facilitate this can easily be introduced
into the optimization framework. The objective function em-
ployed in the synthesis study is the total annualized cost of
the process, which is to be minimized. All cost data em-
ployed in the synthesis study are summarized in Table 9. Ad-
ditionally, the cost of the fixed-bed adsorption process is as-
sumed to be $50/kg of hydrogen sulfide adsorbed, which in-
cludes the pressure vessel as well as the regeneration and
recycling of the adsorbent. Two feed compositions are con-
sidered, each containing a total of 20 mol. % of acid gases
(H,S, CO,). Feed 1 contains 1 mol. % of H,S and Feed 2
contains 4 mol. % of H,S.

Figure 15 shows optimal process configurations obtained
for the two feedstreams. The corresponding design informa-
tion is summarized in Table 10. All membrane modules ob-
served in the structures feature plug-flow compartments in
both states with countercurrent stream contacting. Figure 15a
shows an arrangement for a feed concentration of Cy,g =1
vol. %. The feed gas is fed to the first membrane module,
the retentate of which contributes to the flow into the second
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Figure 15. Close-to-target process configurations for
gas sweetening.
(@) Cy,s=1vol. %; (b) Cyy,s =4 vol. %.

module. Both permeate streams of the first and second mod-
ule are compressed and fed to a third membrane unit. The
retentate of this unit is recycled to the second module. The
sweet gas product stream is obtained as the permeate stream
of the second module. For Feed 2, the process configura-
tions (Figure 15b) exhibit a similar topology in terms of mem-
brane module arrangements. A fraction of the sweetened
effluent of the membrane network is fed to an irreversible
adsorption process where the hydrogen sulfide is completely
removed before the gas is fed to the final sweet gas product.
The remainder of the membrane network effluent is by-
passed directly to the final sweet gas product such that the
pipeline specification is closely met.

Computational Demands

All results presented in this article have been obtained on
a SUN Enterprise HPC 4500 workstation computer with eight
400 MHz UltraSPARC-II processors each with 8 MB exter-
nal cache. The CPU times are comparable to those observed
on a Pentium PIII 600 Mhz personal computer in a compara-
tive study.

The key parameter characterizing the thoroughness of the
optimal search using SA is the Markov chain length (MC).
Small chains generally correspond to premature convergence
of stochastic experiments. In order to ensure good conver-

Table 10. Process Data of Hybrid Separation Designs of
Figures 19 and 20

H,S Content in Feed 1 vol. % 4 vol. %
Objective ($k/yr) 914 967
RMX 1 (m?) 157 1,544
RMX 2 (m?) 4,871 3,837
RMX 3 (m?) 518 493
Total area (m?) 5,546 5,874
Methane loss (kmol/s) 0.09 0.09
H,S adsorbed (kg/yr) — 1,816
AIChE Journal



gence, the synthesis studies are performed for a set of opti-
mization runs starting from short Markov chain length (MC
=6) and subsequently increased until all runs converge to
within a prescribed confidence region around the target ob-
jective (best performance found). Thus, all results reported
in this article have converged in a stochastic sense. The
Markov chain length (MC) has been increased until the stan-
dard deviation of the objectives from the optimal solutions of
a set of twelve stochastic experiments has fallen below 5%,
except for the activated sludge process. The computational
burden posed by the stochastic search depends upon the de-
manded confidence levels, as well as the nature of the simu-
lation problem. The average optimization performances for
the individual problems are summarized in Table 11.

As expected, the simplest synthesis problem, the gas sweet-
ening study, requires the least search time to achieve good
convergence. The simulations of the individual structures are
extremely fast so that the search of an average of more than
3,000 states can be completed in under 10 min of CPU time.
As more complexity is added to the synthesis problem, the
computational demand increases as

(a) a result of mainly an increase in the time required to
evaluate the individual states (ethylene glycol production
process, Activated Sludge process) and /or

(b) an increase in the combinatorial problem size (Wil-
liams-Otto process).

Clearly, the most challenging optimization problem ad-
dressed in this work is the activated sludge process synthesis.
The highly nonlinear process models and the large number of
components incur a mere 6 s for a single state evaluation and
the average runs converge after 15 to 25 h. This appears ex-
cessive for an optimization study; however, in view of the years
of various researchers’ time that has been spent on this highly
complex design problem, this amount of time appears rather
small. The chance of identifying high-quality designs within a
couple of days of an engineer’s time should encourage the
active use of the proposed synthesis scheme. At the same
time, there is a future research challenge to fasten up the
synthesis technology.

Concluding Remarks

A new framework for the synthesis of chemical processes
involving reaction and separation is presented. The method-
ology utilizes superstructures that are generated from combi-
nations of generic synthesis units to capture the possible pro-
cessing alternatives and provide a venue for optimization. The
system representation is not constrained to conventional re-
actor-separator or reactive separation designs, but instead ac-
counts for any novel combination of the synthesis units and

their functionalities. Stochastic optimization techniques in
the form of simulated annealing are used to determine the
performance targets and a set of optimal designs from the
superstructure. A major advantage of the synthesis technol-
ogy is its ability to determine performance targets and to
identify a variety of design options with similar close-to-target
performances that allow the design engineer to inspect simi-
larities and differences in order to develop an understanding
of the optimal design patterns.

The proposed developments have been illustrated with a
number of case studies to demonstrate the results that can be
expected from such an approach and the wide range of possi-
ble applications, including reactive separation, reactive-reac-
tion/separation, and hybrid separation systems. As has be-
come apparent from these case studies, the stochastic opti-
mization algorithms offer a major advantage as the searches
provide multiple optimal designs. Unconventional, novel de-
signs have been obtained for all the examples presented.

The approach facilitates a simulator to solve the balance
equations of the design instances which the stochastic search
procedure selects from the superstructure. It is possible to
interface the simulator employed in the proposed methodol-
ogy with detailed process models and quickly generate the
superstructure models for problems of any size and complex-
ity. In doing so, one should bear in mind that the computa-
tional demand of the procedure strongly depends upon the
size of the simulation problem (the number of species and
synthesis units considered) and its complexity in terms of the
nonlinearities and discontinuities of the problem specific
models (physical property models, phase equilibrium calcula-
tions, mass-transfer rates, and reaction kinetics). The pur-
pose of the proposed approach lies in conceptual design. The
approach is intended for use in rapid screening of vast num-
bers of possible design alternatives to extract those few
promising ones that should be studied in greater detail in
subsequent stages. In order to prevent prohibitive CPU times,
it is advisable to refrain, whenever possible, from adding un-
necessary modeling detail to the formulation that does not
affect the conceptual design insights that can be gained for
the system at hand. This is not always possible and future
research challenges are therefore:

e The development of systematic techniques for process
model size and complexity reduction, in particular for reac-
tion kinetics; and

e The development of systematic design pre-screening ap-
proaches using a priori analysis of modeling knowledge to
reduce the search space and to “lead” the optimization. On-
going research focuses on the development of such ap-
proaches based on data mining techniques and will be the
subject of future publications.

Table 11. Computational Information on the Case Studies

Std. Dev. Markov States Spec. CPU
Case Study (%) Chain Length Evaluated Time* (s)
Williams-Otto process 4.1 60 11,136 0.5
Ethylene glycol production 2.6 40 9,547 32
Activated sludge process 12 40 13,259 6.2
Gas sweetening 0.9 60 8,075 0.7
*Average CPU time for a single state evaluation.
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Appendix: Superstructure Model Formulation

The first set of variables include the flow rates of the indi-
vidual components through the synthesis units, splitters as
well as mixers

FD ;. component flow rate through splitters
sp € SP[;

INR; . skc.cp: component flow rate through mixers
mi e MIF)

INPR, ;s ¢t component flow rate through
mixers mi € MIJRM

OUTR ., cp* component flow rate through
splitters sp € SPf,A,Z

OUTSK, ,,, s.cp: component flow rate through
splitters sp € SP/RM

INS i cpt component flow rate through
mixers mi € MIST,

OUTS, st s0.cp* component flow rate through
splitters sp € SP],

INF, , ' component flow rate through
mixers mi € MI],

OUTP , ., component flow rate through

splitters sp € SPS"D P

A second set of variables includes the set of split fractions
of streams connecting splitters to the individual mixers of the
superstructure scheme

AIChE Journal



SFR o ¢ rm sk fraction of FD, , ., entering mixer
mi € MIEY,

SES, o+ pot fraction of FD, ; ., entering mixer
mi € MI,

SFP, o ; fraction of FD, ; ., entering mixer
mi € MI},

SRR ¢ 1 rm sk fraction of OUTR, , ., entering mixer
mi € MIFM,

SRS, o+, o1 fraction of OUTR, , ., entering mixer
mi € MIY,

SRP =, fraction of OUTR; , ., entering mixer
mi € MI} »

SSR; ¢ si5.50,0m sk fraction of OUTS, ; , ., entering mixer
mie MIZY,

SSS; % sts.50.51° fraction of OUTS, , , ., entering mixer
mi € MIY,

SSPY’S*’M’SO’IJ: fraction of OUTSs,m,.m,cp entering mixer
mi€ MI},

N fraction of OUTP, , ., entering mixer
mi € MIEM,

SPS, o ot fraction of OUTP, , ., entering mixer
mi € MIT,

SKP; sk rp fraction of OUTSK ,,, . ., entering

mixer mi € MIPRM

s,rm

Variables and parameters associated with the reaction and
mass-transfer rates include

RXR . skt specific reaction rate of reaction rx
A .

€ RX/,,in sk € SK, ,,

Virm: reaction volume of sk € SK , ,

€ sk’ phase holdup of state s € S in sk
€SK;

Vs rxop' stoichiometric coefficient of component
cp €CP, in rx € RX],,

MTR rate of mass transfer from s* # s € S to

,s,rm,sk,cp*

sk € SK

The mathematical model of the superstructure consists of the
following balance equations
Mixers prior to RMX compartments mi € MI®),

Z Z FDS*,f,cpSFRs*,s,f,rm,sk

s“eSfeFd

+ ). Y OUTR,

s*€8 e RMA

+ Y Y Y, OoUTS.

s* €S st e ST 50 € SO

SRRS*,s,r,rm,sk + PREI/Yk

%
Iep

,8t,50,Cp SSRS* ,8,8t,50,rm,sk
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+ Z Z OUTPS*,p,cpSPRs*,s,p,rm,sk - INRs,rm,sk,cp =0
s*eSs pe P
VseS,cpeCP,rme RM*, sk e SK, ,,, (A1)
where PREV,_,;=0 and PREVcsx gy =
OUTSKs,rm,skf 1,cp(1 - SKPs,rm,sk)‘ ’
Outlet mixers of RMX units mi € MI[ RV
Z OUTSK,&',rm,sk,cpSKPs,rm,sk - OUTRs,rm,Cp =0
sk < SK,
VseS,cpeCP,rmeRM (A2)

Mixers prior to separation task units mi € MIS],

Z Z FDS*,f,cpSFSs*,s,f,st

s“eSfeFd

+ ) )Y OUTRs, SRS, ., +
s*€S re RMA
+ Z 2 Z OUTSS* ,sts,so,cpSSSs*,s,sts,so,st
s eS8 gse ST;%I \{st} s0 € N X
+ Z Z OUTPS*’p’CpSPSS*,S’p’St—INSS’“’CP=O
s*es pPE Pxé
VseS, cpeCP,, st e ST, (A3)
Network product mixers mi € MI f P
Z Z FD ,f,cpSFPs*,S,f,p
s“eS feFd
+ 2 )Y OUIRs,, ., SRP«,, ,+
s* €8 pme RMA
+ Z Z Z OUTSS*,sts,so,cpSSPs*,s,st,so,p
s¥ €8 st e ST/* 50 € SO
— OUTPW,,CI, =0
VseS,cpeCP,peP, (A4)

Well-mixed cells sk € SK .,

Es,rm,skl/s,rm

INR s,rx,rm,sk |SK

v, RXR

s,rx,cp

s,rm,sk,cp + Z
e RX

s,rm

s,rm'

+ Z MTRS*,s,rm,sk,cp - OUTSKs,rm,sk,cp =0

s* e S\{s}
V(se€S, sk e SK, cp € CP) (AS)
Separation task units st € ST,
Z OUTSs,sl,so,cpCDs,st,sko,cp - INSS,st,cp =0
s0 € SO,
VseS,cpeCP,rme RM (A6)
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For a structure to be feasible, the following equality and Split fractions associated with splitters SPS);
inequality constraints associated with the individual splitters

must be satisfied
SSR, o /s ,
Split fractions associated with splitters SP&Ff S*ZE“ S m E‘RM " ;SK 8,87, 5t8,50,rm sk
Z Z Z SFRS’S* Jform sk + Z Z SFSS,S* st + *Z Z SSS:,S*,sts,so,st + Z SSPs,sts,so,p -1=0
s*¥ €S rme RM sk € SK s¥eS ste STy s*¥ €S st e ST pPEP,
+ Y SFP,;,—1=0 VseS, steSTA, so € SO, ,, (A10)
s.f.p .
€ Py
P SSS, s sosi=0 VsES, steSTA, s0€50,,, (All)

VseS, feF, (A7)

Split fractions associated with spliters SPEM Split fractions associated with splitters SP »

s,rm

Y Y Y SPR, . .
Z Z Z SRRs,s*,r,rm,xk s €S rme RM sk e SK S,87,pr,rm,s
s* €S rme RM sk € SK

+ Z Z SPSS,S* ,prist 1=0

+ 2 2 SRS s,,+ ) SRP,,—1=0 ¥ S ste ST
s*eS ste ST PEP
VseS, pre PA Al12
VseS. r e RMA (A8) SES = (Al2)

Y Y SRR s,,.—1<0 VseS,reRM* (A9)
s* e 8 sk e SK Manuscript received Apr. 22, 2002, and revision received Nov. 25, 2002.
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